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 Wet Industrial Flue Gas Desulfurization Unit: Model Development and Validation on Industrial Data Thibaut Neveux and Yann Le Moullec* Fluid Mechanics for Energy and Environment (MFEE) Department, Research and Development, EDF, 6 Quai Watier, 78400 Chatou, France ABSTRACT: A dynamic model representing an industrial ﬂue gas desulfurization (FGD) unit has been developed. The purpose of this model is to anticipate new SO2 emission legislation and to study some industrial issues such as the inﬂuence of a NH3 slip (from the selective catalytic reduction (SCR) unit) or ﬂy ashes (from the electrostatic precipitator). Interaction between gas, liquid, and solid phases have been taken into account as well as a detailed liquid chemistry with the main acidbase equilibria and nonideal thermodynamic behavior. All major rate-controlling steps are modeled: limestone dissolution, sulﬁtes oxidation, and precipitation of gypsum. The absorber hydrodynamic is modeled using an EulerEuler approach to represent countercurrent ﬂow between ﬂue gas and droplets; the oxidation reactor is modeled as a bubble reactor. Fly ash collection and solid handling were also implemented in order to predict the gypsum quality. The model results were successfully compared with industrial data acquired in the Cordemais (France) coal-ﬁred power plant. The average deviation between model results and industrial data is 5%. Most of the diﬀerences between model and experiment are probably due to the lack of a precise and actualized liquid composition to initialize the model. The transient response of the model represents correctly the behavior encounter in the Cordemais power plant. Some detailed transient response experiments are needed in order to deﬁnitely validate the transient response of the model. The main hypotheses and parameters of the model were discussed and tested in order to quantify their respective inﬂuence. It appears that the aerodynamic hypothesis in the gas inlet zone and the droplet size estimation were aﬀecting very signiﬁcantly the model results. None of the rate-based submodel can be neglected: liquid and gas transfer, absorption enhancement factor, sulﬁte oxidation, and limestone dissolution. The expression of SO2 absorption enhancement factor is crucial for the good representation of SO2 absorption; our simpliﬁed enhancement factor gives good results in terms of being representative of the holding tank pH.
 
 1. INTRODUCTION To pursue the reduction of industrial gases causing acid rains, European Directive 2001/80/EC imposes an emission limit value of 200 mgSO2/(N m3) in 2015 for all coal-ﬁred boilers of more than 300 thermal MW. Many technologies are available to remove sulfur gases from coal-ﬁred ﬂue gases. Currently, the wet ﬂue gas desulfurization spraying suspension of limestone on the ﬂue gas is the most widely used to address these constraints. It achieves over 90% ﬂue gas desulfurization (FGD) and produces a sellable co-product. The acid gases contained in ﬂue gas, mostly SO2, are absorbed in a suspension of partially dissolved limestone; chemical reactions in the liquid accelerate absorption. SO2 is absorbed into a spray; droplets fall in a holding tank where sulﬁtes are oxidized to sulfates by air injection. The suspension is recycled back to the top of the column in order to saturate it in sulfates and to provide a high liquid to gas (L/G) ratio. The pH of the suspension in this tank is kept constant by limestone addition. Because of the high concentration of sulfate and calcium in the solution, gypsum precipitates and is extracted from the process. The principle of the process is simple, but the detailed phenomena are complex. Especially due to the very diﬀerent characteristic times involved and the simultaneous presence of three phases exchanging mass. The inﬂuence of the impurities contained in a coal-ﬁred ﬂue gas must also be taken into account. Since its large deployment during the 1980s, the wet FGD unit has been modeled extensively. Some models are based on r 2011 American Chemical Society
 
 a statistical approach, 1,2 but most of them are based on a phenomenological description. The large majority of these FGD models emphasize, logically, a detailed representation of the SO2 absorption in a limestone slurry. 313 A few of them1419 link the absorption model with the column bottom reactor and take into account ﬁne limestone dissolution, sulﬁte oxidation, or gypsum precipitation models in order to represent the interaction of these models on the desulfurization process. Simulations are frequently compared to pilot-plant data6,13,16 and sometimes to industrial data.17,19,20 On average, state-of-art models predict desulfurization eﬃciency with approximately 3% deviation on pilot data and 5% deviation on industrial data. Shrinking core models on limestone particles are often used in order to try to improve the model prediction capability.16,17,21 This type of model could study the inﬂuence of limestone particle size distribution and mean particle diameter on desulfurization eﬃciency but are not signiﬁcantly more accurate than the simpler one. Gypsum precipitation has been experimentally studied,22,23 and population balances can be used to quantify the complex behavior of crystal nucleation and growth in the suspension.24 Received: November 9, 2010 Accepted: April 22, 2011 Revised: April 19, 2011 Published: April 22, 2011 7579
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 Figure 1. Representation of a wet FGD unit (left) and axial discretization for the model (right).
 
 Numerous studies explore the inﬂuence of some speciﬁc compounds on SO2 capture eﬃciency such as chloride content,25,26 magnesium content,27 addition of organic additives,2830 or the inﬂuence of a speciﬁc limiting step such as limestone reactivity21,3136 or sulﬁte oxidation.3741 Some other studies focus on the aero- and hydrodynamics of FGD units42,43 in order to determine pressure drop, gas misdistribution, and droplet coalescence or to link desulfurization eﬃciency with these phenomena. With the same objectives, the rheology of the gypsum slurry is studied4449 in order to improve transfer and ﬂow phenomenon comprehension involving the slurry. Today, the trend in FGD modeling is the use of a CFD model for aero- and hydrodynamics4749 with a simpliﬁed chemistry in order to keep calculation manageable. The inﬂuence of ﬂue gas misdistribution, perforated plate addition, and baﬄes can be studied. These models produce accurate results compared with pilot experiments and have not yet been compared to industrial data. Since the inﬂuence of the chemistry on ﬂuid ﬂow are not taken into account, these CFD models consist of massive posttreatment with a chemical engineering approach on a very ﬁnely discretized absorber column. CFD are very useful for a FGD designer but not so much for an FGD end user such as EDF lectricite de France). CFD links the geometry of the column (E with the FGD performance in order to optimize its build, but once the FGD is built, these parameters are ﬁxed and are not interesting anymore for normal operation. Only the main operating parameter inﬂuence must be precisely described such as ﬂue gas, liquid, air, and limestone ﬂow rates, pH, chloride and sulﬁte content, inert particle in solution, and gypsum purity. From the perspective of an existing operated unit, this type of model is unnecessarily sophisticated and requires a huge amount of additional computational time. This work focuses on the development and validation of a complete dynamic FGD unit model able to predict desulfurization eﬃciency, limestone consumption, gypsum production and purity, and wastewater ﬂow rate and quality with respect to the previously mentioned operating parameters. This model is developed to
 
 tackle end users' issues and constraints. Some simpliﬁcation hypotheses have been made in order to comply with limited available data on the process such as ﬂy ash composition, limestone particle size distribution, absorber suspension metal compounds, and so on. The goal for EDF is to anticipate strategies to achieve a sulfur concentration in ﬂue gas of 120150 mgSO2/(N m3). The industrial data used in this study come from the coal-ﬁred power plant located in Cordemais (France) and owned by EDF.
 
 2. INDUSTRIAL UNIT AND MODEL DESCRIPTION The main hypothesis and submodels used to represent the behavior of the FGD unit are detailed in this section. The chemistry model is used both in the absorber and in the oxidation reactor; consequently oxidation of sulﬁte, solid dissolution, and precipitation can occur indiﬀerently in these two parts of the process. All thermal eﬀects are neglected. 2.1. Description of Cordemais FGD Units. The Cordemais power plant is composed of two heavy-oil-fired units of 700 MW and two coal-fired-units of 600 MW. Both coal fired units are equipped with selective catalytic reduction (SCR), electrostatic precipitator (ESP), and flue gas desulfurization (FGD) units. The FGD process is a classical wet limestone FGD unit. Figure 1 shows a simplified representation of one of these units. The total absorber column height is 35 m, and its inner diameter is 16.75 m. The oxidation reactor is located at the bottom of the absorber; it is 1011 m high for an approximate volume of 2300 m3 . The ducts of the gases inlet and outlet are 6 m high. The ﬂue gas inlet is 1.5 m above the surface of the oxidation reactor (in typical condition). There are three spray banks disposed at 19.5, 21, and 22.5 m high from the bottom of the absorber. There are two stages of demisters (and their washing devices) between the highest spray bank and the ﬂue gas outlet. This outlet is 29 m high from the bottom of the absorber. The air sparging device is in the middle height of the oxidation reactor. This oxidation reactor is also equipped with four mixing impellers. A small amount of solution (180 m3/h) is 7580
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 extracted from the absorber to go through the solid handling system. This system is composed of a group of primary hydrocyclones, secondary hydrocyclones, and a centrifuge. The downcomer ﬂow of the primary hydrocyclones is mixed with absorber solution in order to produce a suspension with a given solid concentration. This suspension feeds the centrifuge where the gypsum is dewatered. The overﬂow of primary hydrocyclones is sent to a group of secondary hydrocyclones. The downcomer ﬂow of these secondary hydrocyclones is mixed with the liquid extracted from the gypsum in the centrifuge and sent back to the absorber. The overﬂow is sent to the wastewater treatment. The modeled FGD unit is therefore composed of three main parts: the absorption column, the oxidation tank, and the solid handling process. The typical amount of ﬂue gas to be treated is 1.8  106 (N 3 m )/h with an average SO2 content of 1200 mg/(N m3). Each spray bank can deliver around 9000 m3/h of absorber solution; nozzles dispersed the solution in droplet with a Sauter mean diameter of 1.7 mm (measured for clear water). The solution pH and solid density are usually set to, respectively, 5.4 and 10 wt %. These parameters are set constant by adjusting limestone injection and solution purge to the solid puriﬁcation system. Table 1 summarizes more information on unit operating parameters. 2.2. Chemistry. N2, O2, H2O, CO2, SO2, SO3, NH3, and HCl are considered in the gas phase as well as some residual fly ashes. No reaction are taken into account in the gas phase. All of the gases can be found in liquid phase as well as H3Oþ, HO,
 
 HSO3, SO32, HSO4, SO42, HCO3, CO32, Cl, Ca2þ, Mg2þ, NH4þ, and some inert anions and cations that influence the ionic strength of the solution such as Naþ, Kþ, Mn2þ, or NO3. The solid phase is composed of CaCO3, MgCO3, CaSO4 and inert solids. The solid compounds are considered the same way as compounds in the liquid phase but do not contribute to ionic strength. Numerous acidbase equilibriums are considered in order to reﬂect as closely as possible the behavior of the absorber suspension. These equilibriums are summarized in Table 2. Due to the lack of consistent data, strong acid constants (HCl and H2SO4) are taken equal to their value at 298 K;50 other values are taken from the work of Maurer.51 In addition to the acidbase equilibria, three main rate-controlled steps are considered: sulﬁte oxidation, calcite dissolution, and gypsum precipitation. The kinetic expression for the sulﬁte oxidation is taken from the work of Karatza et al.:38
 
 Table 1. Process Parameters
 
 The MgCO3 dissolution is assumed to react at the same rate as CaCO3, and its kinetic rate is set equal to the limestone dissolution pondered by the molar fraction of MgCO3 to CaCO3 in limestone feeding. The gypsum precipitation is modeled with a semiempirical law taken from Kiil et al.:16
 
 range
 
 average value
 
 gas ﬂow rate (106 (N m3)/h)
 
 1.02.0
 
 1.8
 
 liquid ﬂow rate (m3/h)
 
 900027 000
 
 18 000
 
 slurry pH (holding tank)
 
 5.16
 
 5.4
 
 oxidation air (kg/h) inlet SO2 concentration (mg/(N m3))
 
 50009000 5002500
 
 8000 1200
 
 inlet HCl concentration (mg/(N m3))
 
 50100
 
 72
 
 inlet ﬂy ash concentration (mg/(N m3))
 
 150
 
 30
 
 ﬂy ash diameter (μm)
 
 0.0110
 
 1
 
 limestone feeding (t/h)
 
 2.55
 
 4
 
 gypsum production (t/h)
 
 69
 
 8
 
 solution purge (m3/h)
 
 160200
 
 180
 
 ﬂow to the wastewater treatment (m3/h)
 
 1020
 
 15
 
 ð1Þ
 
 ro, HSO3  ¼ ko ðaHSO3  Þ3=2 þ ko, Mn aMn2þ
 
 ð2Þ
 
 The calcite dissolution is modeled with an empirical expression whose form is taken from the work of Desch et al.:18
 
 min to max parameter
 
 HSO3  þ 0:5O2 þ H2 O f SO4 2 þ H3 Oþ
 
 CaCO3 f Ca2þ þ CO3 2
 
 ð3Þ
 
 pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ rd, CaCO3 ¼ kd, CaCO3 aH3 Oþ CCaCO3
 
 ð4Þ
 
 Ca2þ þ SO4 2 þ 2H2 O f CaSO4 3 2H2 O rp, CaSO4 ¼ kp, CaSO4
 
 aCa2þ aSO4 2 1 KS, CaSO4
 
 ð5Þ
 
 ! ð6Þ
 
 The values of kinetic parameters are summarized in Table 3. The activity coeﬃcients for molecular compounds are calculated as follow:3 log γj, i ¼ Uj Ii
 
 ð7Þ
 
 Table 2. AcidBase Equilibrium and Associated Equilibrium Constant (M or M2) ln K = A þ B/T þ C ln T þ DT A
 
 B
 
 C
 
 2H2O = HO þ H3Oþ
 
 140.932
 
 13 445.90
 
 22.4773
 
 2H2O þ SO2(aq) = HSO3 þ H3Oþ
 
 1.932
 
 3 768.0
 
 equilibrium
 
 H2O þ HSO3 = SO32 þ H3Oþ
 
 21.274 6.908
 
 H2O þ HSO4 = SO42 þ H3Oþ 2H2O þ CO2(aq) = HCO3 þ H3Oþ
 
 4.490 235.482
 
 12 092.10
 
 H2O þ HCO3 = CO32 þ H3Oþ
 
 12.450
 
 6 286.89
 
 H2O þ HCl(aq) = Cl þ H3Oþ
 
 18.421 2.760
 
 pKa at 318K 13.40
 
 20.0
 
 2.07
 
 1 333.40
 
 2H2O þ SO3 (aq) = HSO4 þ H3Oþ
 
 H2O þ NH3(aq) = NH4þ þ HO
 
 D
 
 7.42 3.00 1.95 6.29
 
 36.7816 0.050 628 0
 
 10.17 8.00
 
 3 335.70 7581
 
 1.4971
 
 0.037 056 6
 
 4.73
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 Table 5. Henry's Constants (mol m3 Pa1) 56
 
 Table 3. Kinetic Constants constants
 
 value
 
 unit
 
 1.19  104
 
 ko
 
 mol  1/2 m3/2 s1
 
 38
 
 ko,Mn
 
 1.93  10
 
 s1
 
 38
 
 kd,CaCO3
 
 1.39  102
 
 mol1/2 m3/2 s1
 
 18
 
 4.5  104
 
 mol m3 s1
 
 kp,CaSO4 KS,CaSO4
 
 1
 
 source
 
 2
 
 20.33
 
 6
 
 mol m
 
 H = A exp (B(1/T  1/T0))
 
 SO2 SO3 CO2
 
 0.076
 
 HCl
 
 0.076
 
 NH3
 
 9.87
 
 52
 
 3.36  104
 
 2400
 
 2.02  104
 
 HCl
 
 1.88  101
 
 600
 
 1.65  101
 
 1700
 
 8.96  106
 
 4100
 
 2.45  101
 
 1300
 
 4.88  106
 
 1.0
 
 where the coeﬃcients are computed from an electrolytic-NRTL model fed by the parameters found in the Handbook of Chemistry and Physics50 and written in Table 4. The activity coeﬃcients for ionic compounds are calculated by the DebyeH€uckel theory extended by Davies:53 ! pﬃﬃﬃ I i pﬃﬃﬃ  0:2Ii logðγj, i Þ ¼  0:527θj 2 ð8Þ 1 þ Ii with the ionic strength (kmol m3) being calculated as follow: ð9Þ
 
 2.3. Absorber Model. Gas and liquid volumetric flow rates are
 
 considered independent of the absorption and desorption phenomena taking place in the column. Considering a total absorption of all acid compounds, the flow rate variation represents less than 0.1% of the total gas flow rate and less than 0.01% for the liquid; moreover, water evaporation is offset by limestone suspension feeding and the level set in the holding tank. Thus, these assumptions on the volumetric flow rate are plainly justified. The absorption column is modeled in two main zones: the gas admission zone represented as a perfectly stirred reactor and the spray banks zone represented as a plug flow reactor. This plug flow reactor is discretized into several axial segments modeled as perfectly stirred reactors in order to simplify the numerical resolution of the model (see Figure 1 for the discretization). An EulerEuler approach is used to represent the ﬂue gas and the droplets in the absorption column. Droplets Sauter mean diameter (dl) is initially ﬁxed to the speciﬁcation of the sparger 1.7 mm for clear water. No break up or coalescence is supposed to occur. The terminal velocity of the droplets is supposed to be immediately attained. Droplet terminal velocity is determined iteratively by a force balance: vﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ ! u u4 gdl F l ð10Þ 1 ul, ¥ ¼ t 3 C X Fg CX ¼
 
 24 ð1 þ 0:15Rel 0:687 Þ Rel
 
 with Rel ¼
 
 Fg ul, ¥ dl μg
 
 ð11Þ
 
 0
 
 5
 
 1.28  10
 
 1
 
 5.82  10
 
 6
 
 6.42  10
 
 N2
 
 0.084
 
 C
 
 8.03  103
 
 SO3
 
 Uj
 
 j, i ∑j θj21000
 
 2900
 
 CO2
 
 0.30
 
 1 2
 
 value at 318 K
 
 16
 
 NH3 component
 
 B
 
 1.48  10
 
 O2
 
 Uj
 
 Ii ¼
 
 2
 
 SO2
 
 Table 4. Uj Parameters component
 
 A
 
 component
 
 9.87
 
 with CX being the drag force coeﬃcient54 (in Van Allen domain around a sphere) and ul,¥ the droplet terminal velocity. The initial value of this terminal velocity is calculated by the Clift et al. correlation:55 Re ¼ 1:62Pe0:25 E::o 0:755 ð12Þ l
 
 with the Peclet and Eötvos numbers Pe ¼
 
 Fg 2 σ l 3 gμg 4 ðFl  Fg Þ
 
 and
 
 2 :: gdl ðFl  Fg Þ Eo ¼ σl
 
 ð13Þ
 
 A Whitman two-ﬁlm model is used to represent the gas absorption in the absorber. The mass-transfer ﬂux of the jth compound in the ith reactor can be written as follows: ! yj, i P FT, j, i ¼ ai Kj, i  Hj Cj, i ð14Þ RTg The interaction between chemical reaction and absorption is taken into account with an enhancement factor since the Hatta . 1. 1 1 1 1 ¼ þ Kj , i kg , j, i Hj RT Ej, i kl, j, i
 
 ð15Þ
 
 Henry’s constants are given in Table 5. The expression of the enhancement factor for SO2 is deduced from the global absorption reaction of SO2 in a CaCO3 solution: ESO2 ¼ 1 þ
 
 Dl, Ca2þ CCaCO3 , i Dl, SO2 CSO2 , i
 
 ð16Þ
 
 with CSO * 2 ,i being the gasliquid interfacial concentration of SO2. The enhancement factor for other gaseous compounds is set to unity. The liquid- and gas-transfer coeﬃcients are obtained by the following correlations:17 sﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ 16σ l ð17Þ kl, j, i ¼ 0:88 Dl, j f and f ¼ π 2 Fl d l 3 Shg ¼ 2 þ 0:6Reg 1=2 Scg 1=3
 
 ð18Þ
 
 The interfacial area is calculated from the hydrodynamics considerations previously described: εl, i ¼
 
 4Ql, i ðul, ¥  ug ÞπD2
 
 and
 
 ai ¼
 
 6εl, i dl
 
 ð19Þ
 
 2.4. Oxidation Reactor Model. Four agitators and air sparging perform the mixing in the oxidation zone; the reactor is 7582
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 For the liquid phase (aqueous or solid compounds) dCj, i 1 ¼ ðQ in Cin þ Ql, iþ1 Cj, iþ1 Vl, i l, i j, i dt  ðQl, i þ Qlout , i ÞCj, i þ Vi FT, j, i þ Rj, i Þ
 
 Figure 2. Fly ash collection eﬃciency for a L/G ratio of 10 L/m3 and 1.9 mm droplets.
 
 therefore modeled by a perfectly mixed reactor. According to industrial measures, bubbles have a mean diameter (db) of 5 mm. The interfacial area in the reactor can also be calculated by57     εg, 1 1:13 g 0:6 Fl D 0:3 σ l 0:5 a1 ¼ ð20Þ μl 3 Fl εg, 1 1  4εg, 1 ð1  εg, 1 Þ !1=8 !1=12 u b, ¥ D 2 Fl g Fl 2 gD2 ¼ 0:20 pﬃﬃﬃﬃﬃﬃ 2 σl μl gD 4
 
 =
 
 and the terminal ascentional velocity58 sﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ 2σ l gdb þ u b, ¥ ¼ db ðFl þ Fg Þ 2
 
 where ηSD is the collection eﬃciency for a single drop, ηSD ¼ ηdiffusion þ ηinterception þ ηimpaction
 
 ð27Þ
 
 59
 
 ð21Þ
 
 ð22Þ
 
 ð28Þ with Pe being the particles Peclet number and     6 1 9 1 A ¼ 1  εl 1=3 þ εl 2 þ σl 1  εl 1=3 þ εl 2 5 5 5 5
 
 ð29Þ
 
 the capture by interception
 
 The oxygen transfer between air and reactor solution is only limited by liquid side mass transfer; the global mass-transfer coeﬃcient can thus be assimilated to the liquid side mass-transfer coeﬃcient. This coeﬃcient for the jth compound can be written as follows:57 !1=2 !1=4 !3=8 Dl, j μl Fl 2 gdb 3 Fl gdb 3 kl, j, 1 ¼ 0:5 db Fl Dl, j μl 2 σl ð23Þ 2.5. Mass Balances. All of the submodels previously described are integrated in the mass balances of each reactor i (in absorber and oxidation reactor) for each compound j. It leads, in the gas phase, to
 
 dyj, i 1  in in ¼ Q y þ Qg, i1 yj, i1 V g, i g, i j , i dt  RTg, i Vi  ðQg, i þ Qgout Þy  F j , i T , j , i ,i Pg
 
 with Rj,i being the chemical reaction term. The H3Oþ concentration is treated separately with a ﬂux balance to ensure electroneutrality. 2.6. Fly Ashes Collection Model. The fly ashes remaining in the flue gas after the electrostatic filter (about 0.3%) are partially captured in the absorber and, ultimately, are collected in the solid handling system. The estimation of the fly ash removal efficiency in the absorber is very important in order to evaluate the quality of the produced gypsum. The model developed by Raj Mohan et al.59 has been used to predict the fly ash removal efficiency. The ﬂy ash capture along a height h of the column is calculated as follows with a mass balance: ! 3 Ql h u l þ u g ηSD ð26Þ ηcapture ¼ 1  exp R 2 Q g dl ul
 
 The three capture eﬀects are detailed separately; the capture by diﬀusion is calculated as follows: 2 !1=3 3 rﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ pﬃﬃﬃ!2=3 ε ε ð3σ þ 4Þ π 3 g g l 5 ηdiffusion ¼ 0:744 þ2 4Pe 3APe A
 
 with the gas hold-up εg, 1
 
 ð25Þ
 
 ð24Þ
 
 ηinterception ¼
 
 εl df εg ð3σ l þ 4Þ df 2 þ A dl A2 dl 2
 
 and the capture by impaction  2 Stk ηimpaction ¼ , 0:35 þ Stk
 
 Stk ¼
 
 Ff df 2 ðul þ ug Þ 18μg dl
 
 ð30Þ
 
 ð31Þ
 
 On an industrial unit, the hydrodynamic behavior of the liquid and gas ﬂows is not as simple as a perfect spray along the height of the absorber. For example, spray nozzles distribute droplets according to a parabolic trajectory and the hydrodynamic behavior in the column bottom is not a countercurrent since the inlet of gases is lateral. Consequently, the ﬂy ash collection is not as eﬃcient as predicted by the model; therefore an empirical factor (R) is used and ﬁxed to 0.5 to ﬁt industrial measures. The collection eﬃciency for a two-pumps system is shown in Figure 2; the diﬀusion mechanism is dominant for particles smaller than 0.1 μm, whereas the impaction mechanism is dominant over 1 μm particles. The average diameter of the residual ﬂy ash is set to 1 μm according to the standard performance of the electrostatic ﬁlter, which is close to the minimum of collection eﬃciency. 7583
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 Table 6. Order of Magnitude of Flue Gas and Suspension Compositions inlet gas
 
 initial liquid phase
 
 (molar fraction)
 
 (mol m3)
 
 H2O SO2
 
 0.1 5  104
 
 sulﬁte sulfate
 
 SO3
 
 2  105
 
 carbonate
 
 CO2
 
 0.125
 
 chloride
 
 HCl
 
 4.4  105
 
 ammonia
 
 O2
 
 6.0  102
 
 calcium
 
 150
 
 limestone
 
 sodium
 
 200
 
 inert solids
 
 NH3 N2
 
 Figure 3. Inﬂuence of the discretization on calculation time and precision.
 
 2.7. Solids Handling. The addition of limestone in the process is regulated by a PI-control algorithm. The set point is estimated by multiplying the amount of SO2 absorbed in the column by an overstoichiometry of 5%. Using this set point, the control loop regulates more precisely the limestone feeding to ensure a constant pH in the holding tank. Solids are extracted in the solid handling system: a primary hydrocyclone separates 65% of the solids from the suspension; the solid rich suspension is then diluted by an addition of reactor suspension in order to adjust its solid concentration to 35 wt %, which is the speciﬁed concentration for the centrifuge. In the centrifuge, 97% of the solid is recovered in the gypsum. The residual humidity in the gypsum is taken from the speciﬁcation of the centrifuge: 8%. The overﬂow of the primary hydrocyclone goes through a second hydrocyclone, which separates again 65% of the residual solid. The overﬂow of the second cyclone goes to the wastewater treatment installation. All other ﬂuxes are sent back to the oxidation reactor (almost 90% of the absorber purge). 2.8. Numerical Solution. The mass balances lead to a differential and algebraic equations system, considering the dynamic term of accumulation and all algebraic terms: transport, equilibriums, transfer, and kinetics. A correct initialization is required to solve it; these initialization values are deduced from industrial data. It must be noticed that the system is stiff due to the important recirculation loop about hundreds times higher than the purge and to strong temporal variations of input and output flows. That is why the integration method must be reliable enough to allow such temporal and spatial variations. The model is coded in Fortran 90, and the numerical integration is realized with an algorithm based on the RungeKutta method of fourth order. An adaptive step is incorporated to enable a quick convergence. The numerical solution requires a suﬃcient level of discretization to approximate an ideal plug-ﬂow reactor under each spray bank (see Figure 1). The level of discretization of the plug ﬂow reactor has a signiﬁcant impact on the calculation results but also on the calculation time. With 50 or more reactors between each spray bank, good plug ﬂow behavior can be obtained.60 An optimization between the discretization level and the simulation time has been performed to ﬁnd out the correct level of reﬁnement (Figure 3). With 15 reactors between spray banks, a deviation of 1% on the desulfurization is observed but the calculation time is reduced by approximately 10 times; that is why 15 reactors
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 under each spray bank are used (i.e., 45 reactors for three spray banks). Regarding the initialization, the gas composition in all segments along the absorber is initialized at the inlet gas condition. The liquid composition is initialized with the values summarized in Table 6, established from solution purge sampling in 2004. The composition of this solution is coal dependent and evolves very slowly: typically, the steady state is established after more than 100 h. Moreover, the accurate modeling of the liquid composition is diﬃcult because most of the metallic compounds came from the partial dissolution of captured ﬂy ashes. Therefore, both a good ﬂy ashes capture model and a good ﬂy ashes dissolution model are needed. To circumvent this problem, the concentration of a metal compound such as mercury, manganese, potassium, and sodium as well as nitrate (coming from NO absorption and from the water wash) is kept constant during the simulation. Ammonia in liquid and gas phase has been taken equal to zero; this compound was only implemented to simulate operating problems on the selective catalytic NOx reduction (SCR) system leading to a NH3 slip.
 
 3. RESULTS On an industrial FGD unit, it is very complicated to have stable input parameters for a time long enough to ensure steady-state operation. The mean residence time of gas is on order of magnitude of a second, whereas the mean residence time of liquid phase in the absorber is about 10 min and the one for the solids more than 10 h. A few days of stable operation are therefore required to obtain a steady state. The power output of the central evolves along time, most of the time, in order to match the need of the power grid; this results in varying the ﬂow of ﬂue gas and sometimes its composition. Moreover, the real composition of coal burned is not available at a given time: coal burned is a mixture of the diﬀerent varieties of coal received at the plant. A detailed composition of the limestone suspension is necessary to properly initialize the model, but the detail level of the model is far above the detail level of standard monitoring analysis of the FGD unit (solid density, pH, and chloride and sulﬁte, etc.). Moreover, given the complexity of the measurement matrix, the ion speciation is very diﬃcult to estimate and leads to lots of uncertainty. Table 6 gives a composition of the suspension used to initialize the model. 3.1. Sensitivity Analysis. The model sensitivity to process parameters has been investigated in order to evaluate its reliability. Several parameters has been chosen: the suspension from pH 5 to pH 6, the inlet HCl concentration from 10 to 200 mg/ 7584
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 Table 7. Model Sensitivity to Process Parameters parameter
 
 unit
 
 suspension pH inlet SO2
 
 parameter
 
 corresponding
 
 values
 
 ηSO2 (%)
 
 5.0, 5.5, 6.0
 
 74.9, 81.2, 87.4
 
 mg/(N m3)
 
 250, 1500, 3000
 
 95.6, 79.9, 50.5
 
 mg/(N m3)
 
 10, 72, 200
 
 80.6, 79.9, 78.3
 
 concentration inlet HCl concentration gas ﬂow rate
 
  106 (N m3)/h
 
 0.8, 1.8, 3.0
 
 61.6, 80.7, 57.6
 
 L/G ratio height of the
 
 L/Nm3 m
 
 5.0, 10.0, 20.0 6, 13, 20
 
 42.6, 85.5, 99.8 72.1, 85.5, 91.6
 
 spray level
 
 Figure 5. SO2 enhancement factor (gray) and pH proﬁles (black) for one pump (dashed lines), two pumps (solid lines), and three pumps (dasheddotted lines).
 
 Figure 4. Model sensitivity to mean droplet diameter.
 
 (N m3), the inlet SO2 concentration from 250 to 5000 mg/(N m3), the gas flow rate from 0.8  106 to 3  106 (N m3)/h, the L/ G ratio from 5 to 20 L/Nm3, and the height of the spray bank from 6 to 20 m (from the liquid surface). Table 7 presents the desulfurization efficiencies obtained for the minimum and maximum values of the chosen parameters, as well as an intermediate value. A pH increase between 5 and 6 has a positive eﬀect on the desulfurization degree due to a more basic solution and thus a better absorption (Table 7); it can lead to an improvement of around 15%. As the SO2 concentration in the inlet gas increases, the absorption becomes harder because of the higher molar ﬂow rate; this input parameter has a major impact on the desulfurization degree, more than 50% on the range investigated. An increase in inlet HCl concentration acidiﬁes the droplets and decreases their pH, but in the studied domain this acidiﬁcation has a low impact on the desulfurization eﬃciency. The gas ﬂow rate has two competitive eﬀects; ﬁrst a higher ﬂow rate leads to better droplets entrainment and thus to a higher interfacial area, but it also decreases the gas residence time in the absorber. The desulfurization degree reaches a maximum when Qg = 1.8  106 (N m3)/h before the second eﬀect becomes predominant. The L/G ratio and the height of spray levels have a similar eﬀect; they both increase the absorption capacity of the process but reach a limit quite quickly; it is always diﬃcult to absorb the last percent of sulfur due to a low driving force. In our case, spray levels are high enough to allow an eﬃciency of only 5% under the maximum value.
 
 Other sensitivity analyzes were performed in the literature; it is not obvious to compare results because of the diﬀerent process sizing, but some similar evolutions were observed. For example, the analysis made by Warych and Szymanowski17 gives similar results for the suspension pH and inlet HCl, but their relative changes for other parameters such as inlet SO2 or L/G ratio are lower than ours. These diﬀerences can be explained by the base case chosen for the analysis. In our base case, the desulfurization eﬃciency is around 80% whereas they use a reference near 90%. Their system is thus closer to the process saturation than ours; this explains that the relative changes obtained in our model are ampliﬁed. Another unknown parameter with a very signiﬁcant inﬂuence is the mean droplet diameter (Figure 4). This diameter inﬂuences the interfacial exchange area as well as the contact duration between gas and liquid. The nozzles equipping the spray bank deliver a droplet of 1.7 mm Sauter mean diameter with clear water. The liquid surface tension inﬂuences the droplet diameter, and the surface tension of mineral salt charged water is larger than the surface tension of clear water. Moreover, the droplet coalescence could lead to a larger Sauter mean diameter. For all these reasons, the droplet Sauter mean diameter is adjusted and not taken equal to 1.7 mm. 3.2. Absorber Profiles. During the droplets fall, the absorption of gaseous acid compounds combined with chemical reactions acidify the liquid phase. The mix of liquid sparging from other spray levels increases slightly the pH value. Besides, the enhancement factor is the highest on top of the absorber due to a low sulfite interfacial concentration with a high pH and decreases while droplets fall. These evolutions are presented in Figure 5 for the three spray bank configurations. As expected, the desulfurization efficiency and liquid sulfites concentration increase with the liquid flow rate (one, two, or three pumps working) in the absorber as shown in Figure 6. The addition of new spray levels has two major effects: it implies a higher L/G ratio and thus a better absorption capacity and enables the input of fresh absorber suspension by spray banks. That is why droplets are less acidified with a higher liquid flow rate and the enhancement factor is improved. The gradient discontinuity on the desulfurization degree with two or three pumps is explained by the switchover to a lower liquid flow rate as the gas rises. 7585
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 Figure 6. Desulfurization degree (black) and sulﬁte in liquid phase (gray) along the absorber for one pump (dashed lines), two pumps (solid lines), and three pumps (dasheddotted lines).
 
 Figure 7. Comparison between industrial and model values for the model validation.
 
 3.3. Model Validation. Parametric studies have been realized at the Cordemais power plant in 2007 and 2009. The influences of the L/G ratio, the height of the spray bank, and the pH of the limestone suspension on the desulfurization efficiency have been studied. Simulations have been performed in the conditions of these tests to validate the model. In addition, some random points have been taken during normal operating conditions, and their average value of several days was compared to simulations performed with the average process parameter; the results are shown in Figure 7 and operating conditions in Table 8. Uncertainties of experimental eﬃciency of desulfurization have been calculated from data acquisition uncertainty (gas ﬂow
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 meter and SO2 meter). An uncertainty has been added on model results because most of the data feeding the model are also experimental and are therefore subject to uncertainties. A simple uncertainty propagation study has been performed to have an order of magnitude of the model uncertainty. The only ﬁtting parameter is the mean droplet diameter; its inﬂuence on desulfurization eﬃciency is very high (see Figure 4), and the supplier only gives a value for clear water (1.7 mm). Once the droplet Sauter mean diameter is determined, no other parameter is adjusted, and all the simulations were performed by keeping this diameter constant. However, spray nozzles have been changed between 2007 and 2009, and two droplet diameters have thus been determined. The best droplet diameter found for the 2009 data is 1.9 mm which is slightly higher than the Sauter mean diameter of the nozzle obtained with clear water. The best droplet diameter found for the 2007 data is 2.1 mm. A coherent value follows: nozzles have been changed to improve the solution dispersion in the absorber. Furthermore, it is not surprising to ﬁnd an eﬀective droplet diameter superior to 1.7 mm is no surprise because of the higher tension surface of the solution and the highly probable coalescence. The three ﬁrst sets of data are a pH parametric test performed in 2007, another pH parametric test performed in June 2009, and a pump permutation test performed in September 2009. The most important input parameters of these tests are summarized in Table 7. Due to industrial conﬁdentiality, the SO2 concentration entering the FGD unit is given in relative percent to a reference in order to give some order of magnitude. This reference corresponds to the maximum value of SO2 observed on the industrial unit used in this work. The model results show a good agreement with data (Figure 7), especially for the 2007 pH test and the 2009 pump permutation test. The eﬀect of pH on desulfurization eﬃciency seems a little underestimated by the model for the 2009 pH test. The average relative deviation is less than 1.5% in these controlled conditions. The series of data from a to l, of Table 8, are some stable operating times registered by the data acquisition system of the power plant. Most of them correspond to several days of normal operation. Only the parameters used for control of the plant are systematically recorded in real time, and therefore some variation on other parameters (such as ﬂy ashes composition for example which may aﬀect solution speciation) may occur; moreover, some calibration routines could be executed and bias some data. Consequently, these data are not as reliable as previously exploited but represent “real” industrial data during normal operation of the plant with all of the uncertainty it can contain. The e data are special because it corresponds to a startup of the plant during which the FGD unit starts up with only one pump during 1 h; it has been included in order to test the model for a small L/G ratio. The model has obviously more diﬃculties for catching the evolution of desulfurization eﬃciency when the operating parameters are not perfectly controlled (cases al in Figure 7). The average relative deviation is approximately 5%: more than three times the deviation observed during previously exploited data sets. The model estimation matches correctly the trends observed on d, e, g, and jl data sets. The diﬀerence between b and c sets with h and i sets highlight the diﬃculties of industrial FGD modeling. The desulfurization eﬃciency is almost identical whereas the liquid ﬂow rate is 50% higher (compared to b and c) in h and i tests (all other operating parameters are almost 7586
 
 dx.doi.org/10.1021/ie102239q |Ind. Eng. Chem. Res. 2011, 50, 7579–7592
 
 Industrial & Engineering Chemistry Research
 
 ARTICLE
 
 Table 8. Operating Parameters during Tests Qg (106 (N m3)/h)
 
 test
 
 Ql (m3/h)
 
 solution pH
 
 inl et SO2(relative %)
 
 duration
 
 pH test 2009
 
 1.81
 
 19 080
 
 5.25.8
 
 75
 
 2h
 
 spray level test 2009
 
 1.97
 
 918027 144
 
 5.4
 
 80
 
 2h
 
 pH test 2007
 
 2.00
 
 27 424
 
 5.15.6
 
 70
 
 2h
 
 a
 
 1.71
 
 19 090
 
 5.27
 
 59
 
 1 day
 
 b
 
 1.69
 
 19 080
 
 5.33
 
 62
 
 3 days
 
 c
 
 1.60
 
 17 964
 
 5.30
 
 67
 
 3 days
 
 d
 
 1.73
 
 19 080
 
 5.86
 
 76
 
 2 days
 
 e f
 
 1.71 1.63
 
 9792 19 080
 
 5.22 5.33
 
 55 55
 
 1h 10 days
 
 g
 
 1.69
 
 17 964
 
 5.31
 
 63
 
 5 days
 
 h
 
 1.82
 
 28 152
 
 5.31
 
 62
 
 5 days
 
 i
 
 1.78
 
 28 152
 
 5.31
 
 63
 
 2 days
 
 j
 
 1.63
 
 19 080
 
 5.31
 
 49
 
 5 days
 
 k
 
 1.56
 
 19 080
 
 5.62
 
 51
 
 2 days
 
 l
 
 1.69
 
 17 964
 
 5.32
 
 55
 
 6 days
 
 Table 9. Comparison between Model and Industrial Data parameter
 
 plant
 
 model
 
 liquid density (kg/m3)
 
 1058
 
 1061
 
 inert in suspension (wt % solids) oxidation air ﬂow rate (kg/h)
 
 4 8700
 
 3.3 6044
 
 limestone consumption (t/h)
 
 4.5
 
 4.03
 
 gypsum production (t/h)
 
 8.5
 
 8.05
 
 gypsum humidity (wt %)
 
 5.8
 
 8.0
 
 gypsum purity (wt % solids)
 
 97.6
 
 98.7
 
 residual CaCO3 in gypsum (wt % solids)
 
 0.6
 
 0.25
 
 residual MgCO3 in gypsum (wt % solids)
 
 0.6
 
 0.05
 
 inert solids in gypsum (wt %)
 
 1.2
 
 1.02
 
 identical). The operating team switches to a three-pump operation in order to keep the desulfurization eﬃciency satisfactory, but the recorder data give no clue why. The most probable hypothesis is a signiﬁcant modiﬁcation of the absorber solution which induces a signiﬁcant modiﬁcation of desulfurization eﬃciency such as a high chloride or low manganese content. The key to improving the predictability of the model could be a more frequent complete ionic and solid speciation of the solution. These data are crucial for a good initialization. Table 9 regroups some comparison between simulation and industrial data obtained in the case of the pH tests in 2009 for a conﬁguration with two pumps and pH 5.4. The model prediction is globally satisfying except concerning the limestone whose dissolution is overestimated, which leads to a lower limestone consumption and less residual limestone in the gypsum. 3.4. Response to Transient Parameter. In an industrial system, real steady state is never exactly obtained and sudden modifications of the process parameter are often observed. The most frequent cases are variations on pH set in order to keep constant the desulfurization efficiency, and gas flow rate results of the transition between a half-charge to a full charge and reciprocally (around 106 and 2  106 (N m3)/h, respectively). A modification of inlet SO2, HCl, or fly ashes concentration can also occur because of the use of a new coal, but modifications are less sudden.
 
 Figure 8. Model response to ﬂue gas ﬂow rate increase and decrease.
 
 To predict the system behavior during these transitions, simulations have been performed by doubling and then halving the value of the gas ﬂow rate (Figure 8) and switching from pH 5.2 to pH 5.8 and reciprocally (Figure 9) for a L/G ratio of 10 L/Nm3. The stabilization time after a step of ﬂue gas ﬂow rate is approximately 40 min for the desulfurization eﬃciency and 90 min for the absorption pH. The stabilization is faster for a decrease of ﬂue gas ﬂow rate, with only 50 min to stabilize the pH. For the pH increase step, the time of stabilization is almost 80 min, and 50 min for the pH decrease. It should be noticed that the transient behavior is very sensitive to the settings of the PI-controller. The settings used for Figure 8 and Figure 9 allow a readable evolution of transient response. For a good representation of an industrial unit, it is crucial to use the same settings as the ones used in the power plant. 3.5. Prediction on Gypsum Quality. The work was so far focused on the desulfurization efficiency, but the gypsum quality has, also, an important role because it plays a key role in the economics of the FGD unit. It is almost indispensable to produce 7587
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 Figure 9. Model response to pH set (dashed line) increase and decrease.
 
 Figure 10. Beneﬁt in desulfurization eﬃciency and gypsum quality loss while increasing the holding tank pH.
 
 a sellable gypsum for the construction industry. In the solid outlet, we find a majority of gypsum but also undissolved limestone and other inert solids from fly ashes and limestone. The amount of the latter cannot be decreased by a modification of a process parameter; we cannot, indeed, avoid impurities in limestone, and the collection of fly ashes depends principally on the liquid flow rate, which is fixed to match a constraint on desulfurization efficiency. The only way to reduce the amount of inert solids in gypsum would be to use a purer limestone (generally too expensive) or a more efficient ESP before the FGD process. However, the residual limestone on gypsum can be improved; Figure 10 shows the model prediction on residual limestone and desulfurization eﬃciency against the suspension pH. Increasing the pH in the holding tank has a positive eﬀect on the desulfurization eﬃciency, but there is more residual limestone in return. The present model is not quantitative about the limestone behavior at the moment, especially due to our simple dissolution law independent of particle size, but gives good trends.
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 Figure 11. Eﬀect of ionic strength on desulfurization eﬃciency.
 
 4. DISCUSSIONS This section discusses some preponderant hypothesis of the model and the main discrepancies highlighted by the sensitivity analysis and the comparison to industrial data. 4.1. Gas and Liquid Flow Model. The absorption zone is divided in two different flow zones: the gas engagement zone and the spray bank zone. The gas engagement zone corresponds to the volume equivalent to the highly turbulent flow just after the flue gas enters the column and the liquid cross-currently contacts the gas. It is modeled as a perfectly stirred reactor. The spray bank zone corresponds to the volume where gas and liquid are in countercurrent. It is modeled as a plug flow reactor discretized into a series of axial segments in order to simplify the resolution. Actually, the hydrodynamic of the zone of the absorber with the spray bank could probably be better represented with a plug ﬂow with axial dispersion. The possible liquid axial dispersion could be the results of a droplet size distribution coupled with some preferential gas paths. Both these eﬀects may cause some partial entrainment of the liquid. The axial dispersion can be modeled with numerical dispersion with a rougher discretization; that is why the error made on the assumption of plug ﬂow behavior can be compensated for by the error made by discretizing a plug ﬂow by 15 perfectly stirred reactors in series. As for the zone corresponding to gases admission, the behavior is very complex since the inlet of gases is lateral; turbulence and recirculation can occur in this area and make its characterization complex. Without any information, this zone is modeled as a unique perfectly stirred reactor with a height of 6 m (the size of the ﬂue gas pipe). A rapid sensitivity analysis shows that a modiﬁcation of 1 m on this reactor height leads to a diﬀerence of about 5% on the desulfurization eﬃciency. A complete CFD study could be performed to determine this complex behavior and improve the hydrodynamic model used. 4.2. Nonideality of the Solution. The absorber solution is a complex mixture with numerous ions and saturated salts in equilibrium with solid. Table 6 presents the simplified solution composition used in this model for initialization. Despite the very high concentration of ions and solids in the absorber solution, some authors16,18,19 considered this solution ideal. The ideal approach gives good results but could fail to represent a specific case due to a lack of extrapolability; therefore, the nonideality of the solution must be taken into account because of the high ionic force of the solution and its influence on acidbasic equilibrium, dissolution, precipitation, and 7588
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 The SO2 chemical absorption is not due to a unique reaction but must rather be seen as a series of diﬀerent chemical reactions whose contributions lead to a global enhancement. Indeed, the absorption of SO2 is enhanced by its dissociation in water, but bisulﬁtes are also oxidized in sulfates which react with calcium ions to precipitate as gypsum, the latter coming from the calcite dissolution. In addition to acidbase equilibria, the three kinetically limited steps participate in the chemical enhancement. There are mostly two ways to quantify this phenomenon. The ﬁrst one considers the enhancement as a consequence of the dissociation of SO2 in water, and the enhancement factor can be written as follow:16 
 
 E ¼ 1þ
 
 ð32Þ
 
 Figure 12. Inﬂuence of transfer and kinetic parameters on desulfurization eﬃciency.
 
 absorption phenomenon. The difference between an ideal solution model (activity coefficient equal to unity) and the DebyeH€uckel solution model on desulfurization efficiency is more than 10% (Figure 11). In the ionic strength range of variation (between 0.2 and 0.8 kmol m3), the desulfurization efficiency is linear with respect to ionic strength (linear variation between 79.5 and 84% of desulfurization) . The increase in ionic strength reduces the activity coefficient and favors the solid dissolution, shifts favorably the acidbasic and Henry’s equilibria, but slows down solid precipitation and sulfite oxidation. 4.3. Influence of Transfer and Kinetic Parameters. A sensitivity analysis on major transfer and kinetic parameters has been performed: the gas- and liquid-phase transfer coefficients, the SO2 absorption enhancement factor, the kinetic constant of limestone dissolution, and sulfite oxidation. These parameters have been doubled and halved around their standard values (Figure 12). (a) The variation of the gas side transfer coeﬃcient has the lowest impact on desulfurization eﬃciency but is not negligible. (b) Both liquid side transfer coeﬃcient and enhancement factor have a very signiﬁcant impact on desulfurization. Their estimation is, therefore, crucial for a good representation of an FGD unit. (c) The desulfurization is very sensitive to a reduction of sulﬁte oxidation kinetic constant. This indicates the importance of a detailed comprehension of the oxidation process and the metal catalyst inﬂuence on it. (d) The limestone dissolution kinetic constant has a counterintuitive eﬀect on desulfurization. This is due to the particular enhancement factor expression used in this model which depends on limestone droplet concentration and not some soluble compounds. With this hypothesis, if the limestone does not dissolve in the oxidation reactor, it can enhance the SO2 absorption in the droplet. This enhancement factor expression is very useful in describing the inﬂuence of pH on SO2 absorption but leads to incorrect modeling of the inﬂuence of the volume of the oxidation reactor or limestone granulometry. 4.4. Enhancement Factor. The chemical enhancement is difficult to quantify exactly, and several expressions can be found in the literature.15,16,61 At the moment all FGD modeling studies use this gasliquid absorption model; moreover, some authors used it as a fitting parameter.49
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 This approach assumes that all other reactions are correctly modeled so that the diﬀerent concentrations evolve properly. The second way is the one used in this paper; it considers the whole process with a global point of view and describes the chemical absorption directly as a function of limestone concentration. The two approaches have been tested during model development; the ﬁrst one is more rigorous, but the second one leads us to a better representation of the pH eﬀect industrially observed, which explains our choice for an industrial application. However, some discrepancies have been highlighted, such as the inﬂuence of limestone dissolution and the eﬀect of the volume of the oxidation reactor. The inﬂuence of these phenomena is diﬃcult to represent correctly. Normally, a larger oxidation reactor induces more complete sulﬁte oxidation and limestone dissolution due to a longer residence time. With our hypothesis of enhancement factor, only the undisolved limestone directly improved the SO2 rate of absorption. For these reasons, a better expression could be tested, with the Ca2þ ionic concentration or directly the H3Oþ concentration for example. The rigorous rate based chemical absorption model proposed by Kucka et al.62 could also be integrated to model the reactive absorption without using any enhancement factors but with a really signiﬁcant increase of computation times. 4.5. Role of Kinetics in Droplets. The influence of kinetics in droplets was also investigated, and simulations were performed without considering of all rate-controlled steps during the droplets fall (sulfite oxidation, limestone dissolution, and gypsum precipitation). It appears that the change in the pH profile was very moderate; the proton consumption by limestone dissolution is presumably compensated for by the production by sulfite oxidation. The loss on desulfurization efficiency was less than 1%, but a relative variation in residual limestone in the gypsum of 5% was observed. 4.6. Characteristic Times and Representation Issues. An important point to consider in such system is the differences between characteristic times of the phenomenon taking place in each phase. For the gas phase, a few seconds is enough to represent its behavior along the absorber. In the case of the liquid phase, the volume of the oxidation reactor imposes a residence time of almost 10 min. But the most important point is the system purge; the suspension is pumped at 180 m3/h to the solid handling system which evacuates only 15 m3/h to the wastewater installations. A real steady state for the liquid and suspended solids can thus be 7589
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 Industrial & Engineering Chemistry Research obtained after several dozens of hours. This leads us to a discussion about the model use and its stability in time. Indeed, if the aim is to model the behavior of the coal plant gas cleaning system in real time, the model cannot be representative of the liquid phase because compounds such as dissolved metals which inﬂuence the ionic strength and the sulﬁte oxidation have no source term in the model and would be evacuated to the wastewater treatment. A better chemical representation of the dissolution of ﬂy ashes would be necessary in order to ensure a stable temporal behavior for long-term simulation. However, for our current applications, a good initialization is enough. The simulation times performed in our studies do not induce suﬃcient solution drawn oﬀ to inﬂuence our results. These kinds of issues must nevertheless be taken into consideration for further investigations.
 
 5. CONCLUSION The development and validation of a dynamic ﬂue gas desulfurization unit with a detailed representation of solution chemistry and rate based, chemically enhanced, absorption have been carried out. The main hypothesis and parameters of the model have been discussed and tested in order to quantify their respective inﬂuence. It appears that aerodynamics hypothesis in the gas engagement zone and droplet size estimation aﬀects very signiﬁcantly the results of the model. None of the rate-based submodel can be neglected: liquid and gas transfer, absorption enhancement factor, sulﬁte oxidation, and limestone dissolution. The expression of SO2 absorption enhancement factor is crucial for the good representation of SO2 absorption. Our hypothesis of a global enhancement factor gives good results in terms of the inﬂuence of suspension pH but fails to correctly model the inﬂuence of oxidation reactor volume. The model results have been successfully compared with industrial data acquired at the Cordemais power plant. The average deviation between model results and experimental data is 5% for temporal average and 1.5% in controlled conditions. Most of the diﬀerences between model and experiment are probably due to the lack of a precise and actualized liquid-phase composition. The transient response of the model seems to represent correctly the behavior of the FGD unit of the Cordemais power plant. Some detailed transient response experiments are needed in order to deﬁnitely validate the model. The developed model answers most of the needs of EDF R&D for the study of FGD performance in diﬀerent scenarios: coal or limestone substitution, SCR or ESP operational problem, and new set of operating parameters. But numerous points could be studied in order to improve the model or its features. Especially, the inﬂuence of enhancement factor expression must be thoroughly studied, and a more detailed investigation should be performed on the inﬂuence on FGD of limestone particle size distribution, inert composition and chemistry, and gypsum precipitation mechanism. Experimental data from the Cordemais FGD unit will probably be necessary. Some additional compounds could be added, such as heavy metals. The fate of these compounds in ﬂue gas treatment process is of prime importance for future environmental regulation. Particularly, the partition of these compounds between ﬂy ashes captured in the electrostatic precipitator, ions co-precipitated with gypsum or purged to wastewater treatment unit. Other signiﬁcant new compounds could be organic acids, and especially adipic and
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 maleic acid, in order to quantify their inﬂuence on desulfurization performance. Local-scale aerodynamics studies with CFD could also be undertaken in order to improve the residence time distribution of the gas engagement zone, and a reactor network model will be investigated in order to quantify the inﬂuence of ﬂue gas misdistribution on desulfurization eﬃciency. With such a model, the eﬀect of gas distributor and perforated plate devices could be studied.
 
 ’ AUTHOR INFORMATION Corresponding Author
 
 *E-mail: [email protected]. Tel.: þ33 (0)1 30 87 77 31. Fax: þ33 (0)1 30 87 71 08.
 
 ’ ACKNOWLEDGMENT We thank the EDF Cordemais power plant staﬀ for their availability, and especially Chantal Raimbault, for sharing its extensive knowledge about how a real FGD unit works and also Chandarith Luy and Mathieu Insa from the EDF thermal engineering center for the planning and realization of measurement campaigns and their interpretations. ’ NOMENCLATURE a = activity (mol m3) C = concentration (mol m3) d = diameter (m) Dg = gas molecular diﬀusivity coeﬃcient (m2 s1) Dl = liquid molecular diﬀusivity coeﬃcient (m2 s1) D = column diameter (m) E = absorption enhancement factor FT = transfer ﬂux (mol m3 s1) g = gravity acceleration (m s2) h = column height (m) H = Henry constant (mol m3 Pa1) I = ionic strength (kmol m3) kg = gas-phase transfer coeﬃcient (m s1) kl = liquid-phase transfer coeﬃcient (m s1) k = kinetic constant K = global transfer coeﬃcient (m s1) KS = solubility product (kM2) P = pressure (Pa) Q = volumetric ﬂow rate (m3 s1) r = kinetic ﬂow rate (mol m3 s1) R = ideal gas constant (J mol1 K1) t = time (s) T = temperature (K) u = velocity (m s1) U = parameter for the molecular activity coeﬃcient (m3 kmol1) V = volume (m3) y = gas mole fraction Dimensionless Numbers
 
 CX = drag coeﬃcient Eö = Eötvos number Pe = Peclet number Re = Reynolds number Sc = Schmidt number Sh = Sherwood number Stk = Stockes number 7590
 
 dx.doi.org/10.1021/ie102239q |Ind. Eng. Chem. Res. 2011, 50, 7579–7592
 
 Industrial & Engineering Chemistry Research Subscript
 
 b = relative to bubble d = dissolution f = relative to ﬂy ash g = gas phase i = ith axial segment j = jth compound l = liquid phase o = oxidation p = precipitation Superscript
 
 * = interfacial in = lateral input of a reactor out = lateral output of a reactor Greek Letters
 
 γ = activity coeﬃcient ε = volumic fraction (m3 m3) η = eﬃciency (%) θ = ion charge μ = viscosity (Pa s) F = density (kg m3) σ = superﬁcial tension (N m1) Abbreviations
 
 CFD = computational ﬂuid dynamic EDF = French power company (Electricite de France) ESP = electrostatic precipitator FGD = ﬂue gas desulfurization SCR = selective catalytic reduction
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